1. Introduction {#sec1}
===============

Postcombustion capture (PCC) based on chemical absorption with aqueous amine solutions is presently the most mature and viable technology for the removal of CO~2~ from the flue gas of large-scale fossil-fuelled power plants.^[@ref1],[@ref2]^ This CO~2~ separation technology has been commercially deployed in the chemical industry for several years, primarily for gas sweetening, and therefore can be considered well proven.^[@ref3]^ Moreover, it is suitable for the treatment of process gases with low CO~2~ partial pressures as it is the case for flue gases of conventional power plants. The distinct advantage of PCC CO~2~ capture is that it can be retrofitted to existing power plants without significant modifications. CO~2~ is separated from the flue gas typically by means of an amine-based solvent, which is thereafter regenerated at elevated temperature and continuously recycled. The main disadvantage of this technology is the high energy demand required by the solvent regeneration, for which steam from the crossover pipe between intermediate and low pressure turbine is utilized.

In recent years, the rapid development and deployment of renewable energy technologies, such as those for the conversion of wind and solar radiation, resulted in an increasing fluctuation of electricity generation. To balance energy demand and supply under these new electricity market conditions, conventional fossil-fuelled power plants must be made capable of sustaining a much higher level of flexible operation. Therefore, CO~2~ capture plants should be designed to follow frequent load variations while at the same time maintaining high energy efficiency and compliance with environmental regulations.

Mac Dowell et al.^[@ref4]^ concluded in their recent study that the ability of carbon capture and storage (CCS) plants to operate in a flexible and responsive manner will be increasingly valued in the future energy market because the levelized costs of decarbonized plants will increase due to low asset utilization. They used a coupled investment and unit commitment model with a detailed plant model to study the impact of the changing European energy scenario on the performance of CCS plants. Other researchers have demonstrated that by operating carbon capture units dynamically in response to volatile electricity market prices, the cost of CO~2~ capture can be reduced.^[@ref5]−[@ref8]^ Utility companies are able to sell more electricity at times of high demand and therefore improve the overall profit. However, whether higher revenues can be achieved with flexible CO~2~ capture will depend on the electricity market and its price patterns. Van der Wijk et al.^[@ref9]^ suggested that the main benefit of flexible carbon capture is that it provides the plant operator with increased capacity reserve. Brunnemann et. al^[@ref10]^ demonstrated that steam used for solvent regeneration in the capture unit can be rather promptly throttled and expanded in the low pressure steam turbine to generate balancing energy. The study focuses more on the configuration of power plant cycle, and thus, a more detailed investigation of the dynamics of the capture systems is necessary.

In case of complex processes and power plants, dynamic simulation and optimization are the state of the art approaches for the evaluation of control strategies and achievable performance.^[@ref11]^ An increasing number of publications documents studies on transient performance of PCC plants by means of dynamic simulations, whereby in most cases the dynamic model was validated by comparison with steady-state experimental data.^[@ref12]−[@ref16]^ Validation against measurements obtained during transient operation, which is important to verify the validity and to improve the accuracy of the dynamic model, is documented in few publications. Kvamsdal et al.^[@ref14]^ described the validation of an absorber model by comparison with transient experimental data obtained at a pilot-scale absorber owned by the NTNU and the SINTEF laboratory. Moreover, they presented a comparison of different parameter correlations for the reaction rate constant and concluded that the results obtained from the validation of one specific pilot plant are not necessarily applicable to plants of different size and operated under different conditions. Posch et al.^[@ref17]^ presented the comparison of test run data and simulation results for the dynamic operation of an absorber column whereby both the inlet temperature of the solvent and the flue gas were increased. From a second simulation case, in which the flue gas flow was increased, it was concluded that nonoptimized PID controller settings can lead to oscillations in some process variables and to a drop of the separation efficiency below 90% during the transient. Both these studies were limited to the modeling and simulation of the absorber column, while the dynamics of CO~2~ capture plants was determined by the complex interaction between the absorber and the stripper column. Åkesson et al.^[@ref18]^ developed a detailed dynamic model of the complete capture plant. Simulation results were compared against transient data obtained from open-loop experiments at the Esjberg pilot plant in Denmark.^[@ref19]^ Furthermore, the detailed model was reduced to be able to solve optimal control problems. It was thus demonstrated that the reduced model was sufficiently accurate for the purpose of dynamic optimization.

Enaasen Flø et al.^[@ref20]^ adapted the absorber model developed by Kvamsdal et al.^[@ref14]^ and extended it by including models of the remaining capture plant components. System model validation against two dynamic data sets generated at a pilot plant was presented. It was concluded that step changes in solvent flow rate cause greater process disturbances than changes in reboiler duty. Online density measurements and solvent samples were used to monitor changes in CO~2~ loading during the experiment.

Biliyok et al.^[@ref21]^ presented a comprehensive validation of a capture plant model using transient data from a pilot plant at the University of Texas. Experiments involving step-like changes of a selected variable were not possible; therefore, data related to significant transients of the plant input were chosen to ensure that the change in other variables was minimal. In three validation cases, satisfactory agreement between model predictions and measurements was demonstrated. The validated model was used to perform two case studies, and it was concluded that the flue gas moisture content is an important parameter for model validation.

Walters et al.^[@ref22]^ developed a simplified model and compared its results to a complex Aspen Plus model as well as dynamic pilot plant data. The low-order lumped parameter model used rate-based mass transfer and semiempirical thermodynamics. It was concluded that the model is capable of predicting the plant performance especially near the design point and is suitable for control studies in future work.

These studies demonstrated that dynamic model validation is essential to ensure that the developed model predicts transient operation with sufficient accuracy for control design. One of the main purposes of capture plant models is the study of the impact of transient operation on the plant and CO~2~ capture performance in realistic situations.

The general aim of this paper is to further broaden the knowledge base in the field of dynamic modeling and validation of PCC systems by considering new flexible operation scenarios. Therefore, this paper presents the dynamic validation of an amine-based PCC plant model, which was developed using the open source ThermalSeparation Modelica library.^[@ref23],[@ref24]^ The transient experimental measurements were obtained during step-response tests at the capture pilot plant built at the Maasvlakte power station in the Netherlands.^[@ref25]^ Moreover, the validated model was used to investigate a dynamic operating scenario, whereby the steam supply from the power plant to the capture unit was promptly decreased to quickly respond to fluctuations in the electricity demand. The aspect of CO~2~ storage is not considered in this study.

The subject matter is organized as follows. [Section [2](#sec2){ref-type="other"}](#sec2){ref-type="other"} provides a brief description of the PCC process and of the pilot plant configuration. [Section [3](#sec3){ref-type="other"}](#sec3){ref-type="other"} illustrates the modeling approach together with the utilized model libraries. [Section [4](#sec3.1){ref-type="other"}](#sec3.1){ref-type="other"} describes the PCC plant model, the transient experiments, and subsequently the dynamic model validation. [Section [5](#sec4){ref-type="other"}](#sec4){ref-type="other"} discusses the case study, while [Section [6](#sec5){ref-type="other"}](#sec5){ref-type="other"} presents concluding remarks.

2. Postcombustion Capture Process {#sec2}
=================================

2.1. General Process Description {#sec2.1}
--------------------------------

[Figure [1](#fig1){ref-type="fig"}](#fig1){ref-type="fig"} visualizes a typical process scheme of a PCC plant based on chemical absorption, with the absorber and stripper column as the main process units. The flue gas from the power plant, which contains about 12--15 mol % CO~2~, is first cooled to temperatures in the range of 35--40 °C and then sent to the bottom of the absorber column. In the absorber, CO~2~ is removed from the flue gas by means of reactive absorption into the amine-based solvent. The treated flue gas exits the absorber at the top and passes through the washing section. The washing section is used to maintain the water balance of the capture system and to prevent solvent loss. To this end, the temperature of the washing section is controlled. Maintaining the water balance is important for keeping the solvent concentration constant. Thereafter, the treated flue gas containing about 1--2 mol % CO~2~ is released to the environment. This corresponds to a target capture rate of 90%.

![Simplified process flow diagram of a typical postcombustion CO~2~ capture plant.](ie-2016-00034j_0001){#fig1}

The rich solvent at the bottom of the absorber is routed to the top of the stripper column after it passes the rich/lean heat exchanger for recovery of thermal energy from the lean solvent stream. In the stripper, the rich solvent is regenerated at around 120 °C. The required energy is supplied by steam, which is extracted at the crossover pipe between the intermediate and low pressure steam turbine of the power plant. The solvent regeneration is therefore primarily responsible for the efficiency penalty on the energy conversion efficiency of the power plant. The regenerated solvent from the bottom of the stripper is recycled to the top of the absorber. The resulting CO~2~ product, with a purity typically above 99 mol %, is released from the condenser, in which water and solvent are condensed and returned to the stripper. Thereafter, CO~2~ can be compressed and transported to its permanent storage location in deep geological formations. The CO~2~ compression process is, in addition to solvent regeneration process, the largest energy demand within the entire CO~2~ capture plant.

2.2. Pilot Plant Configuration {#sec2.2}
------------------------------

As part of the national R&D program on CCS of the Netherlands (CATO-2), the research institute TNO has commissioned in 2008 a PCC pilot plant located at the site of the coal-fired Maasvlakte power station in Rotterdam,^[@ref25]^ see [Figure [2](#fig2){ref-type="fig"}](#fig2){ref-type="fig"}. The capture plant can process up to 1500 Nm^3^/h of flue gas from the adjacent power plant, which corresponds to 0.3 MW~el~ power output. Recent modifications to the pilot plant resulted however in an increase of the pressure drop of the absorber section. Because of limitations of the blower capacity, the maximum flue gas flow that can currently be processed reduced to 800 Nm^3^/h. The nominal operating conditions of the capture plant are summarized in [Table [1](#tbl1){ref-type="other"}](#tbl1){ref-type="other"}. The pilot plant is designed for testing of different solvents. During the campaign corresponding to the measurements presented in this paper, the solvent monoethanolamine (MEA) was used. MEA is considered as a baseline solvent due to its high reaction rate with CO~2~, its low costs, and the long lasting experience with natural gas sweetening.^[@ref2],[@ref3]^ The thermal energy required by solvent regeneration is however relatively high compared to novel solvents such as blends with secondary and tertiary amines, polyamines, and alkali salts.^[@ref26],[@ref27]^ Furthermore, MEA starts to degrade at temperatures above 120 °C. Therefore, the reboiler temperature is controlled at 120 °C by adjusting the steam flow to the reboiler. The steam is supplied by an electrical steam generator. In the pilot plant, a 30 wt % MEA solution is employed. Higher concentrations of MEA lead to a higher degradation rate and to elevated reboiler temperatures, which would consequently also result in a higher degradation rate.^[@ref28]^ The stripper pressure is controlled with a valve downstream of the stripper condenser. The water balance in the pilot plant can be manually checked via the level in the stripper sump, which is not controlled. For example, a surplus in water leads to an increasing level in the stripper sump. [Figure [3](#fig3){ref-type="fig"}](#fig3){ref-type="fig"} provides a process flow diagram of the pilot plant including the control structure, while [Table [2](#tbl2){ref-type="other"}](#tbl2){ref-type="other"} shows a list of controlled and corresponding manipulated variables.

![TNO CO~2~ capture pilot plant at the Maasvlakte power plant in the Netherlands.](ie-2016-00034j_0002){#fig2}

###### Nominal Operating Conditions of the Maasvlakte Pilot-Scale Capture Plant

  variable                              unit          value
  ------------------------------------- ------------- -------
  flue gas flow                         \[Nm^3^/h\]   800
  flue gas CO~2~ concentration (dry)    \[mol %\]     14.4
  flue gas absorber inlet temperature   \[°C\]        40
  solvent flow                          \[ton/h\]     3.2
  total solvent hold-up                 \[m^3^\]      2.5
  solvent hold-up time                  \[min\]       52
  lean solution temperature             \[°C\]        40
  MEA concentration                     \[wt %\]      30
  stripper pressure                     \[bar\]       1.9
  CO~2~ product temperature             \[°C\]        25
  CO~2~ product concentration           \[mol %\]     98.3
  CO~2~ capture rate                    \[%\]         95

![Process flow diagram of pilot plant including the control structure.](ie-2016-00034j_0003){#fig3}

###### Controlled and Manipulated Variables of the Capture Pilot Plant

  controlled variable            manipulated variable
  ------------------------------ ----------------------------------------------
  flue gas flow                  flue gas valve opening
  lean solvent flow              lean solvent valve opening
  absorber sump level            rich solvent valve opening
  lean solvent temperature       lean solvent cooling water valve opening
  caustic solution temperature   caustic solution cooling water valve opening
  clean gas temperature          wash water cooling water valve opening
  stripper pressure              CO~2~ product valve opening
  reboiler temperature           steam valve opening
  stripper condenser level       stripper condensate pump speed

3. Models {#sec3}
=========

The dynamic model of the capture plant is implemented in a computer code using the Modelica modeling language^[@ref23]^ because of its many positive characteristics. Modelica is acausal, declarative, and object-oriented, and it is especially suited to component-oriented multidomain modeling of complex systems. Modelica is a nonproprietary modeling language and is supported by various proprietary as well as open source simulation tools.

Two different libraries were used for the development of the system model of the CO~2~ capture unit. The component models for the separation columns, the reboiler, the condenser, the column sumps, and the media packages were reused from the ThermalSeparation library.^[@ref24]^ Other models for heat exchangers as well as pumps and valves were taken from the ThermoPower library.^[@ref29],[@ref30]^ The purpose of the ThermalSeparation library is the dynamic simulation of general thermal separation processes. So far, the library implements models for absorption and rectification columns. Furthermore, models for different column types such as tray columns, spray columns, and structured and random packed columns are also available.

The column model is developed following a modeling approach that allows the flexible adaptability of models, and it comprises of several replaceable models and packages that allow the user to change, for example, working fluid models or pressure loss correlations to meet individual modeling requirements. An important feature of the column model is the possibility to exchange the balance equations allowing the modeler to opt between a rate-based or an equilibrium-based formulation of the heat and mass transfer across the phase boundary. A more detailed description of the balance and constitutive equations that are used within the column model is given by Dietl et al.^[@ref24],[@ref31]^ The model can be discretized in the axial direction, and perfect mixing of the liquid and vapor bulk phase is assumed for each stage. The modeler can specify inert components that will not cross the phase boundary. If chemical reactions shall be considered, then they are accounted for in the liquid phase. The reactions can be implemented in an equilibrium or kinetically controlled fashion, independent from the chosen model for the balance equations and the selected film model. The film model contains the calculation of the thermodynamic equilibrium. Ongoing work and future developments are intended to broaden the scope of application of the ThermalSeparation library toward different process types such as, for example, extraction or adsorption. Moreover, activities focus also on interfacing external fluid property libraries to allow the easy use of a wide range of process fluids.^[@ref32],[@ref33]^

The ThermoPower library contains reusable components for the modeling of thermohydraulic processes and power plants using working fluid models that are suitable to describe water or ideal gases. The components can be used for system-level modeling and simulation to study, for example, control system design of energy conversion systems. The ThermoPower component models needed for the modeling of the capture plant were adapted to allow for the use of other working fluid models from the ThermalSeparation library.

The main phenomena that are involved in reactive absorption of CO~2~ from flue gas into a MEA solution are mass and heat transfer between the vapor and liquid phase in the column and chemical reactions between the solvent and CO~2~. These phenomena can be modeled with different level of complexity.^[@ref34]^ A simple representation of the mass and heat transfer assumes thermodynamic equilibrium between the liquid and vapor phase at each theoretical column stage. A more rigorous and accurate formulation accounts for mass and heat transfer limitations and is therefore based on rate equations. In both approaches, chemical equilibrium or detailed reaction kinetics can be assumed. A rate-based model considering reaction kinetics allows researchers to obtain the most accurate performance predictions, but it leads to high model complexity and high computational cost.

The model of the postcombustion CO~2~ capture unit is intended for integration into a model of the entire power plant. Ultimately, its purpose is to study the interaction of different plant units during transient operations. In the instance of a plant-wide system analysis, a reduction in the degree of detail would be required to improve the model robustness and to allow for reasonable simulation time. In terms of accuracy of model predictions, it is worth mentioning that deviations in the absolute values of process variables have often a negligible impact on the predictions of system dynamics, which are of main interest in this type of studies. For this reason, the equilibrium-based approach assuming thermodynamic and chemical equilibrium at each column stage was adopted for the modeling of the absorber and stripper component. The implementation is based on the method described by Oexmann,^[@ref26]^ in which the chemical reaction, the thermodynamic equilibrium, and the diffusive resistance are combined in one expression. This expression also accounts for the mass transfer that occurs due to the chemical reaction by adjusting the thermodynamic equilibrium without modeling the reaction kinetics in detail.

It is assumed that CO~2~ that crosses the phase boundary reacts instantaneously with the solvent. This approach has the advantage that only the equations for the thermodynamic equilibrium, given asand for the heat of reaction, written asmust be implemented. A rather complicated implementation of the chemical reaction including several side reactions, for which actual kinetic data is very scarce, can be avoided.

The partial pressure of CO~2~ is denoted by *p*~CO~2~~^\*^, α is the CO~2~ loading of the liquid medium at the temperature *T*, *R* is the ideal gas constant, and Δ*h*~CO~2~~ is the combined absorption and reaction enthaply of CO~2~. The coefficients *c*~0~ to *c*~8~ are given in [Table [3](#tbl3){ref-type="other"}](#tbl3){ref-type="other"}. They were determined by Oexmann by fitting of measurement data published by Jou et al.,^[@ref35]^ Hilliard,^[@ref27]^ and Dugas.^[@ref36]^

###### Coefficients for Calculation of Thermodynamic Equilibrium and Heat of Reaction, As Used in [Eqs [1](#eq1){ref-type="disp-formula"}](#eq1){ref-type="disp-formula"} and [2](#eq2){ref-type="disp-formula"}

  *c*~0~   *c*~1~   *c*~2~   *c*~3~     *c*~4~    *c*~5~   *c*~6~   *c*~7~   *c*~8~
  -------- -------- -------- ---------- --------- -------- -------- -------- ---------
  22.53    --7904   105      --16 810   --286.4   26 480   381.7    8295     --257.4

The equilibrium model of the column contains a calibration factor *c*, which can be tuned, for example, to improve the agreement between model predictions and experimental measurements. The calibration factor is described byand directly influences the equilibrium constant *K*, which is calculated based on the partial pressure of CO~2~ and the absolute column pressure *p*.

Additionally, the following general assumption are made.Constituents of the absorber gaseous medium, the flue gas, are CO~2~, H~2~O, N~2~, and O~2~. The latter two substances are considered inert in the gas phase.Constituents of the stripper gaseous medium are CO~2~ and H~2~O.Constituents of the liquid medium are CO~2~, H~2~O, and MEA. MEA is considered to be nonvolatile.The gas phase is assumed as ideal gas.The liquid density and the heat capacity of the aqueous MEA solution can be described using empirical correlations developed by Oexmann.^[@ref26]^The components are well insulated; hence, heat transfer of the components to the surrounding can be neglected.Column pressure drop and liquid hold-up can be calculated using the correlations developed by Stichlmair.^[@ref37]^No reactions take place in components other than the absorber and stripper column.The volume of the pipes is small compared to the sumps and can therefore be neglected.Heat transfer coefficients in the heat exchangers are constant.Heat transfer in the condenser and reboiler is assumed to be fast, and therefore, the heat transfer is modeled by directly providing the heat duty as an input to the condenser and reboiler model.Control of the flue gas flow and the stripper pressure is assumed to be fast, and therefore, both variables are used as direct input to the model.

On the basis of these assumptions, the system model of the capture plant was developed using suitable component/subcomponent models of the ThermalSeparation and ThermoPower libraries. A scheme of the capture plant model is shown in [Figure [4](#fig4){ref-type="fig"}](#fig4){ref-type="fig"}. In [Table [4](#tbl4){ref-type="other"}](#tbl4){ref-type="other"}, the model parameters are summarized, and in [Table [5](#tbl5){ref-type="other"}](#tbl5){ref-type="other"}, an overview of the model input variables is given. These values are based on pilot plant measurements. The number of equilibrium stages has been determined with the help of detailed standalone absorber and stripper models. They have been tuned such that the overall column performance at nominal operating conditions matched the simulation results of a validated steady-state model. A more detailed description of the model development and the individual components is given by van de Haar.^[@ref38]^

###### Model Parameters of the Main Pilot Plant Components

  column parameters           unit             absorber   stripper   FG cooler   washing section
  --------------------------- --------------- ---------- ---------- ----------- -----------------
  packed height               \[m\]              8.4        8.2         2.0            2.0
  column diameter             \[m\]              0.65       0.45       0.65           0.65
  no. of equilibrium stages                       20         5           5              5
  packing type                                 IMTP 50    IMTP 50     IMTP 50     Mellapak 250Y
  \- void fraction                               0.98       0.98       0.98           0.98
  \- specific surface area    \[m^2^/m^3^\]      102        102         102            256
  \- heat capacity            \[J/(kg K)\]       460        460         460            460
  \- density                  \[kg/m^3^\]        7900       7900       7900           7900
  sump volume                 \[m^3^\]           1270       770                          
  solvent residence time      \[min\]             28         17                          
  calibration factor *c*                        1.117       1.0                          

  heat exchanger parameters           unit           rich-lean HEX    lean solvent cooler
  ----------------------------------- -------------- --------------- ---------------------
  overall heat transfer coefficient   \[W/m^2^ K\]   1400                    1500
  area                                \[m^2^\]       29.5                    10.0

###### Input Variables to the Pilot Plant Model

  input variable                                                              unit          value
  --------------------------------------------------------------------------- ------------- ----------------------------
  flue gas inlet temperature                                                  \[°C\]        50
  flue gas inlet composition (*x*~H~2~O~, *x*~O~2~~, *x*~CO~2~~, *x*~N~2~~)   \[mol/mol\]   0.074, 0.054, 0.133, 0.739
  flue gas cooler water temperature                                           \[°C\]        40
  flue gas cooler water flow                                                  \[L/min\]     54
  washing water flow                                                          \[L/min\]     50
  absorber outlet pressure                                                    \[bar\]       1.013
  cooling water temperature                                                   \[°C\]        19
  stripper outlet pressure                                                    \[bar\]       1.90

![Object diagram of the dynamic model of the capture pilot plant.](ie-2016-00034j_0004){#fig4}

4. Experiments {#sec3.1}
==============

Step response tests were performed to study the dynamics of the CO~2~ capture pilot plant and to obtain data for model validation. The main process variables that are expected to undergo frequent time-variations during normal operation are the flue gas flow rate, due to load variations in the power plant, and the solvent flow rate, which is typically adjusted to maintain a constant liquid-to-gas (L/G) ratio in the absorber, which results in an approximately constant capture rate. Changes were therefore applied separately to the flue gas and to the solvent flow rate, while the set points of the controllers of all other process variables are kept constant. These are, for example, the reboiler temperature, the stripper pressure, and the lean solvent temperature. To perform prompt perturbations, both flow controllers were operated in manual mode. If the control is in open-loop, the controller has no influence on the system response, which allows researchers to monitor the response of the process rather than the response of the control loop.

The set points for the transient tests are summarized in [Table [6](#tbl6){ref-type="other"}](#tbl6){ref-type="other"}. Starting from nominal operating conditions, first the flue gas flow rate was decreased stepwise (test A1) and subsequently increased (test A2) returning to the initial operating point. Finally, the solvent flow rate was perturbed by an upward step in the same manner (test B1). Each perturbation was applied after the system reached steady-state operation, which typically required 2 h. The height of the steps was chosen such that a clear system response can be observed without exceeding the plant capacity.

###### Process Conditions of the Step Response Tests[a](#tbl6-fn1){ref-type="table-fn"}

                                            solvent flow \[ton/h\]   flue gas flow \[Nm^3^/h\]   L/G ratio \[kg/Nm^3^\]
  ----------------------------------------- ------------------------ --------------------------- ------------------------
  nominal operation                         3.2                      800                         4.0
  test A1                                   3.2                      **580**                     5.5
  test A2                                   3.2                      **800**                     4.0
  test B1[b](#t6fn1){ref-type="table-fn"}   **4.4**                  800                         5.5

Perturbed variable is highlighted in bold.

Because of failure of the lean solvent control valve during this test, only the first 30 min of the measured data after the perturbation are usable.

In addition to temperature, pressure, and mass flow measurements, samples of the lean and rich solvent were taken at the sump of the absorber and the stripper to allow for comprehensive comparison of measurements and model predictions. As the largest changes in solvent composition occur directly after a perturbation, samples were taken every 10 min during the first half hour after the step change, and thereafter at 60 as well as 120 min. The CO~2~ loading and the molarity of MEA were determined by means of solvent sample analysis. The uncertainty of the used measurement method was about 5% and indicated with error bars in the plots comparing the experimental data and simulation results, see [Figure [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"}d and [7](#fig7){ref-type="fig"}d. Refer to the [Supporting Information](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.6b00034/suppl_file/ie6b00034_si_001.pdf) of this paper for tabulated data of the described experiments.

![Comparison of experimental data (solid line) and model results (dashed line) for open-loop step response test: decrease in flue gas flow rate. (a) Flue gas flow rate, (b) capture rate, (c) absorber column temperatures, and (d) rich solvent loading.](ie-2016-00034j_0005){#fig5}

4.1. Validation {#sec3.2}
---------------

The aim of the test runs was to obtain measurement data for quantitative validation of the dynamic model. The validation shall demonstrate if process transients can be predicted with accuracy sufficient for control design using an equilibrium-based model for reactive absorption of CO~2~.

In a first step, data reconciliation was performed to minimize deviations between measured and simulated values for the model output variables rich loading, lean loading, and CO~2~ capture rate by adjusting model input variables, namely flue gas flow, reboiler temperature, and absorber calibration factor. Additionally, the heat transfer coefficients of the heat exchanger components were fitted to steady-state experimental data at nominal operating condition.

Tuning the calibration factor, see [eq [3](#eq3){ref-type="disp-formula"}](#eq3){ref-type="disp-formula"}, allows researchers to account for deviations between measurements and model predictions, which are in particular related to the modeling assumption regarding the mass and heat transfer (equilibrium-based), and the chemical reaction (chemical equilibrium). The loading of the rich solvent exiting the absorber bottom is the most sensitive variable with respect to the calibration factor and was therefore selected as model output variable.

The calibration factor of the stripper was not adjusted during data reconciliation because ad hoc investigation demonstrated that the stripper column can be accurately modeled by assuming ideal equilibrium conditions. Furthermore, the lean loading was selected as output variable because initially the model significantly overestimated the lean loading, which indicated that a higher heat duty would be required to regenerate the solvent. Unfortunately, not enough measurements were available to reproduce the energy balance of the reboiler. To correct the mismatch in lean loading, the reboiler temperature, which is imposed as an input variable of the model, was adjusted during the data reconciliation (see [Table [7](#tbl7){ref-type="other"}](#tbl7){ref-type="other"}).

###### Comparison of Steady-State Model Results for the Case of Unfitted and Fitted Model Parameters with Capture Pilot Plant Measurements

                                              measurements (on-design)   model results (on-design)   measurements (off-design)   model results (off-design)
  ----------------------------- ------------- -------------------------- --------------------------- --------------------------- ----------------------------
  flue gas flow rate            \[Nm^3^/h\]   800                        690                         582                         565
  lean solvent flow rate        \[t/h\]       3.2                        3.2                         3.2                         3.2
  L/G ratio                     \[kg/kg\]     3.0                        3.5                         4.1                         4.2
  stripper pressure             \[bar\]       1.90                       1.90                        1.90                        1.90
  reboiler temperature          \[°C\]        120                        121.3                       120                         121.3
  capture rate                  \[%\]         95.2                       95.3                        98.8                        99.7
  rich loading                  \[mol/mol\]   0.483                      0.482                       0.437                       0.446
  lean loading                  \[mol/mol\]   0.236                      0.232                       0.229                       0.232
  absorber calibration factor                 1.118                                                  1.118                       
  stripper calibration factor                 1.0                                                    1.0                         

During the experiments, leakage of the flue gas flow downstream the flow rate measurement device was observed, and therefore, the recorded flow measurements were affected. The flue gas flow measurements were therefore corrected to obtain a good agreement between the measured and predicted CO~2~ capture rate. (The capture rate is defined as the amount of CO~2~ captured in the absorber in relation to the total amount of CO~2~ entering the absorber column. Here, the capture rate was calculated based on the measured CO~2~ concentration at the inlet and outlet of the absorber under the assumption that the purity of the captured CO~2~ is approximately 1.) At on-design operation, the leakage flow turned out to be much larger (110 Nm^3^/h) than that at off-design operation (17 Nm^3^/h). Unfortunately, also the measurements of the gaseous flow at the absorber and stripper top displayed errors due to instrument malfunction and thus could not be used as redundant measurements to confirm the leakage flow. [Table [7](#tbl7){ref-type="other"}](#tbl7){ref-type="other"} summarizes the results of the parameter fitting and variable adjustments.

The process variables used for the quantitative comparison of experimental data and model predictions were the capture rate, the absorber temperature profile, and the rich and lean solvent loading. These variables were chosen because they are largely affected by the applied changes in flue gas or solvent flow rate.

In the following, the model validation is illustrated based on the data acquired during test A1, step decrease in the flue gas flow rate, and test A2, inverse step increase in flue gas flow rate.

The comparison of simulation results and measurements for test A1 are shown in [Figures [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"} and [6](#fig6){ref-type="fig"}. The stepwise decrease in flue gas flow ([Figure [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"}a) results in an increase of the L/G ratio in the absorber and therefore in an increase of the CO~2~ capture rate ([Figure [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"}b). However, a lower amount of CO~2~ is captured, which is primarily absorbed by the solvent in the lower part of the absorber column. As a consequence, the temperature at the absorber bottom and in the sump increases, and the temperature at the column top decreases. [Figure [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"}c presents the comparison of the model predictions and measurements for the response in the absorber temperatures. The simulation results show the same trend as the measurements. Considering rise and settling time of the transient, the predictions of the absorber bottom and top temperature compare well with the experimental data. However, for the sump temperature, the model predicts a gradual change starting at *t* = 0 min, while during the experiment, the sump temperature increases only after 15 min and then rather rapidly. This mismatch might be explained by the fact that perfect mixing is assumed in the sump model, which might not be the case during the experiment.

![Absorber temperature profile: comparison of experimental data and model results referring to the open-loop step response test with increasing flue gas flow rate. Absorber temperature profile (a) before and (b) 120 min after the perturbation.](ie-2016-00034j_0006){#fig6}

With respect to the steady-state absorber temperature values, the model does not accurately predict the initial and final values, with differences up to 7 °C. This might be attributed to an inaccurate estimation of the heat of absorption and heat of reaction, or the solubility, thus resulting in an inaccurate prediction of the heat distribution throughout the absorber column, as shown in [Figure [6](#fig6){ref-type="fig"}](#fig6){ref-type="fig"}. Another explanation for the deviations is the use of equilibrium stages instead of a rate-based modeling approach. In general, the model underestimates the temperature profile during initial steady-state and overestimates the profile at the final off-design operating point. The accuracy of the absorber model predictions might be improved by using a rate-based model. However, it is known^[@ref39]^ that the accuracy obtained with the equilibrium-based model is sufficient for dynamic system simulations aimed at control design studies, whereby the interest is more on the correct estimation of the transient than on the absorber temperature values.

[Figure [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"}d depicts the comparison between model predictions and experimental values in terms of rich loading. The rich loading decreases due to the decrease in flue gas flow rate. The transient of the loading is correctly predicted by the model. As far as the final steady-state is concerned, the model slightly overpredicts the rich loading, but the values are well within the measurement accuracy. Finally, it is worth pointing out the periodic fluctuations of the capture rate at time −20, 20, 60, and 100 min. The temporary decrease in capture rate is caused by an unstable operation of the steam generator, which is however not included in the capture plant model.

[Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"} shows the comparison of model predictions and experimental data for test A2, during which an inverse step of the same magnitude was applied to the flue gas flow rate ([Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"}a). A similar but reverse response with respect to test A1 is expected as the perturbations are small. Because of the increase in flue gas flow rate, the capture rate ([Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"}b) decreases, the temperature at the absorber top increases, and the temperatures at the lower part of the absorber including the sump decrease ([Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"}c). Good agreement is achieved for the rise and settling time of the temperature transients. In comparison to test A1, the measured transient of the sump temperature is different. It seems that during this experiment the mixing in the sump was much better leading to the gradual temperature decrease, which is also predicted by the model. As far as steady-state values are concerned, the deviations in the absorber temperature profile are likely attributed to the assumption of thermodynamic equilibrium in the absorber model. [Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"}d visualizes the measurements and model prediction for the transient of the rich loading. The model predictions show good agreement with the experimental data in terms of the transient time. The settling time of the rich loading is also in line with the total solvent residence time of 52 min. The off-design steady-state values are slightly overpredicted but well within the error bars indicating the accuracy of the measurement method.

![Comparison of experimental data (solid line) and model results (dashed line) for open-loop step response test: increase in flue gas flow rate. (a) Flue gas flow rate, (b) capture rate, (c) absorber column temperatures, and (d) rich solvent loading.](ie-2016-00034j_0007){#fig7}

As highlighted during the discussion of test A1 results, the fluctuations in the capture rate were primarily caused by unstable operation of the steam generator.

Partially comparable simulation and experimental studies were carried out by Zhang et al. and Bui et al.^[@ref40],[@ref41]^ Their findings confirm, in a qualitative manner, the observation of a strong interaction between the flue gas flow and the capture rate. Furthermore, the time constants of the capture rates reported in Zhang et al. and Bui et al. are similar to those documented here.

5. Case Study {#sec4}
=============

Ramp rates for load variation of conventional coal-fired power plants are limited by the ramping speed capabilities of the furnace, which, for modern power plants, are typically in the range of 1--5% per minute of the nominal power output.^[@ref42],[@ref43]^ Higher ramp rates can be achieved for systems with an integrated PCC plant by adjusting the steam extraction flow to the reboiler of the capture system instead of changing the furnace load. In this case, the limiting factor is the valve stroke time. Common valve stroke times are in the range of 10--900 s. Here, a stroke time of 30 s was chosen as a ramp rate for the steam extraction.^[@ref44]^ Such an operating scenario offers the possibility to respond faster to rapid changes in electricity demand or to react to situations in which it is economically more favorable to generate electricity instead of capturing CO~2~. In the case described here, an increase of 5% of the nominal power output is assumed. The required steam extraction and subsequent reboiler duty reduction to achieve this power increase were estimated using the power loss correlations developed by Linnenberg et al.^[@ref45]^ These correlations assume a tapping steam pressure of 3.9 bar for a hard-coal fired power plant with a nominal net power output of 1015 MW~el~. By setting the tapping steam pressure to a constant value, off-design turbine operation is excluded from this study. An increase in net power output by 5% requires a reduction of the reboiler duty by 25% (see [Table [8](#tbl8){ref-type="other"}](#tbl8){ref-type="other"}). The capture plant model is at pilot scale; thus, the same relative changes were used because the reboiler duty scales proportionally to the size of the plant.

###### Power Loss and Steam Extraction Calculation Results To Determine the Required Reduction of Reboiler Duty for an Increase of Net Power Output

  variable             unit     without capture   with capture (nominal load)   with capture (decreased reboiler duty)
  -------------------- -------- ----------------- ----------------------------- ----------------------------------------
  heat input           MW~th~   2232              2232                          2232
  gross power output   MW~el~   1100              1100                          1100
  steam extraction     MW~th~   0                 672                           500
  net power output     MW~el~   1015              861                           904

Two cases were simulated to assess the transient performance of the capture plant during a reduction of the reboiler duty by 25% within 30 s, followed by an inverse increase of the same magnitude. For both simulations, the tuned pilot plant model was used, in which an additional controller for maintaining the L/G ratio was implemented.

In the first case (case A), all controller set points of the capture plant remained unchanged during the decrease of reboiler duty. This led to a lower reboiler temperature. Thus, the lean loading increases resulted in a decrease of the capture rate. In the second case (case B), next to the reboiler duty also the flue gas flow was decreased by 25% to maintain a more stable operation and constant capture rate. This reduction can be achieved by partially bypassing the flue gas sent to the capture plant and venting it directly to the chimney.

[Figures [8](#fig8){ref-type="fig"}](#fig8){ref-type="fig"} and [9](#fig9){ref-type="fig"} show the comparison of the simulation results for cases A and B in terms of the main process variables, whereby the results of case A are displayed on the left side of both figures and the results of case B on the right. The downward step is applied at *t* = 0 min and the upward step at *t* = 120 min, such that steady-state conditions are obtained after the first perturbation.

![Comparison of simulation results of the flue gas flow, reboiler duty, and reboiler temperature for case A (left) and case B (right).](ie-2016-00034j_0008){#fig8}

![Comparison of simulation results of the rich and lean solvent loading, absorber temperatures, and the capture rate for case A (left) and case B (right).](ie-2016-00034j_0009){#fig9}

Considering the response in case A, the reduction of reboiler duty (downward step) results in a decrease of the reboiler temperature by 1.9 °C ([Figure [8](#fig8){ref-type="fig"}](#fig8){ref-type="fig"}e). Because of the lower temperature level, less CO~2~ is desorbed within the stripper column leading a gradual increase of the lean loading ([Figure [9](#fig9){ref-type="fig"}](#fig9){ref-type="fig"}a). Because of the increasing loading of the lean solvent, less CO~2~ is removed from the flue gas in the absorber column, which subsequently results in a decrease of the absorber temperatures. In [Figure [9](#fig9){ref-type="fig"}](#fig9){ref-type="fig"}c, it can be observed that the change in absorber temperature profile starts with a delay of few minutes with respect to the initial perturbation. At the top of the absorber, the temperature difference between initial and final steady-state is the largest, 6.2 K. The rich loading is almost unaffected by the changes ([Figure [8](#fig8){ref-type="fig"}](#fig8){ref-type="fig"}a), and the capture rate decreases given that the flue gas flow is maintained ([Figure [9](#fig9){ref-type="fig"}](#fig9){ref-type="fig"}e). Considering all displayed variables, within 60 min, the final steady-state values are reached within ±1% difference. The subsequent upward step at *t* = 120 min leads to an inverse response returning to the initial on-design operating point. Tait et al.^[@ref46]^ performed a similar experimental scenario using a pilot capture plant. The steam flow to the reboiler was rapidly decreased, while the flue gas flow to the absorber was maintained. Lawal et al.^[@ref47]^ simulated a rapid reduction of the reboiler duty with a similar capture plant model. In both studies, it was observed that the applied perturbation led to strong disturbances of the capture process and that the solvent inventories had a significant effect on the settling time.

With respect to simulation of case B, the capture system transient is a combination of the response to the change in reboiler duty and to the simultaneous adjustment of the flue gas flow. Hence, the initial response on the stripper side is similar to case A. The reboiler temperature decreases due to the reduction in reboiler duty ([Figure [8](#fig8){ref-type="fig"}](#fig8){ref-type="fig"}f). However, on the absorber side, the initial response is determined by the reduction in flue gas flow rate ([Figure [8](#fig8){ref-type="fig"}](#fig8){ref-type="fig"}b). Because of the fast decrease in flue gas, in total less CO~2~ is absorbed by the solvent in the absorber column, which leads to initially rapid changes in the temperature profile, in particular in the first bed ([Figure [9](#fig9){ref-type="fig"}](#fig9){ref-type="fig"}d). Then the L/G controller reacts on the changes in flue gas by reducing the solvent flow rate, and consequently the absorber temperatures return to their initial values after slight fluctuations caused by the changes in the stripper. After a few minutes, the reboiler temperature increases again, due to the lower solvent flow which needs to be regenerated, and reaches approximately its initial value after a slight overshoot. A small temporary increase is observed in the lean loading, while the rich loading is unaffected ([Figure [9](#fig9){ref-type="fig"}](#fig9){ref-type="fig"}b). The capture rate displays fluctuations, but its value is approximately maintained due to the simultaneous decrease of reboiler duty and flue gas flow. The subsequent downward step results in a similar but inverse response. The simulations of case B show that the new steady-state values are reached within ±1% after approximately 30 min. Enaasen Flø et al.^[@ref48]^ simulated a similar operating condition in which the flue gas is partly vented by reducing the flue gas flow rate to the absorber by 24%. The solvent flow rate and steam flow rate to the reboiler have been decreased proportionally to the flue gas flow rate, similarly to case B as presented here. The solvent flow rate and steam flow to the reboiler have been increased during a period of normal electricity prices to keep a time average capture rate of 90%. The response of the solvent loading observed by Enaasen Flø et al. is similar to the one documented here, but it shows larger fluctuations, probably caused by the larger magnitude of the perturbation.

The simulations of case A and B allow researchers to state that both operations are feasible and safe. Further, it can be observed that the settling time for case A is higher than for case B (60 versus 30 min to reach the new steady-state within ±1% difference). This assessment is important as it determines how fast the plant can return to the initial capture target once the steam tapping valve is opened again.

A disadvantage of scenario A is that the absorber and stripper are operated at off-design in terms of temperatures and solvent loading after the reduction in reboiler duty. In case of scenario B, the temperatures in both columns are maintained after the perturbation by operating at lower flow rates. Thus, the energy efficiency is higher for case B than for case A.

It shall also be remarked that the transient of case A is very smooth for all variables, whereas in case B, fluctuations are observed in some variables due to the simultaneous perturbation of reboiler duty and flue gas flow based on constant ramp rates. Ultimately, the aim should be to design a control system which adjusts the flue gas and solvent flow such that in particular the temperature transient in the absorber and stripper are smooth. As a result, the fluctuations observed in case B could be further reduced.

6. Conclusion and Recommendation {#sec5}
================================

This paper presents a dynamic modeling, validation, and a transient operation study related to an amine-based PCC plant. The model was developed using the open source ThermalSeparation Modelica library and validated against experimental data obtained from the capture pilot plant at the Maasvlakte power station in the Netherlands.

The settling time of the pilot plant was approximately 50 min, and the experiments as well as the model simulations showed that this is strongly influenced by the liquid hold-up throughout the plant's sumps and tanks. Consequently, if a scale-up of the plant is considered, these volumes are an extremely relevant design parameter, especially in case requirements on flexible operation are stringent. In addition, large-scale capture plants should be equipped with advanced control systems^[@ref49],[@ref50]^ to enable the plant to promptly respond to load variations and minimize the time to return to steady-state operating conditions. In case this technology will be applied and if future operating conditions will demand for frequent and large load changes, it might be that the time needed for a capture plant to reach steady state will considerably increase.

Furthermore, the work documented in this publication demonstrates that the tuned equilibrium-based model for chemical absorption of CO~2~ provides sufficiently accurate transient performance predictions for the purpose of dynamic process analysis. This conclusion is supported by the good agreement between experimental data and simulation results for transient operation ensuing from a rapid perturbation of the flue gas flow. Larger deviations are observed for steady-state predictions of the absorber temperature profile, which might be improved by adopting a rate-based model. However, for the transient analysis of the entire system formed by the power plant and the capture unit, a rate-based model is less suitable due to the increase in model complexity that leads to higher computational effort.

The validated capture plant model was subsequently used to assess the impact of transient power plant operation on power plant and capture plant performance. It was demonstrated that fast load variations in terms of reboiler duty and flue gas flow constitute a feasible operating mode for the capture unit. This enables the fossil-fuelled power plant to respond faster to changes in the electricity demand by reducing the steam extraction flow to the reboiler of the capture system instead of adjusting the furnace load.

In a following research phase, the model of the power plant and of the capture unit should be integrated into a single model. The flexibility of the object-oriented modeling easily enables such integration thanks to the possibility of extending existing models. The ultimate aim is to use the integrated system model for a complete analysis of transient operation and the design of control strategies as well as the tuning of control parameters to improve dynamic performance.

The Supporting Information is available free of charge on the [ACS Publications website](http://pubs.acs.org) at DOI: [10.1021/acs.iecr.6b00034](http://pubs.acs.org/doi/abs/10.1021/acs.iecr.6b00034).Data from experiments Test A1, A2, and B1 ([PDF](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.6b00034/suppl_file/ie6b00034_si_001.pdf))
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